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ABSTRACT: Research has shown that strong acids (i.e.,
sulfuric and nitric acids) may be produced as a result of
reactions between impurities during CO2 transport within
carbon capture, utilization, and storage (CCUS) systems even
when today’s impurity speciﬁcations and recommendations are
followed. Strong acids are corrosive to carbon steel, which is a
very common construction material for CO2 transport pipelines.
To establish acceptable impurity limits and to ensure the
integrity of pipelines, experimental data are needed as input for
modeling possible scenarios and as a foundation for
constructing modeling tools. To assess the possibility of
formation of concentrated acid-bearing phases in CO2 environments, acid solubility in dense phase CO2 needs to be
determined. The nitric and sulfuric acid solubilities in dense phase CO2 were determined by ﬁrst saturating the CO2 phase
with the acids and by subsequently scrubbing the acids using water-ﬁlled autoclaves. The water was then analyzed using ion
chromatography. The experiments were conducted at two temperatures (25 and 48 °C) with four diﬀerent pressures (80, 100,
120, and 170 bar). The new solubility measurements have been used in conjunction with available literature data to construct a
thermodynamic model for predicting the thermodynamic behavior of acid−CO2 mixtures over wide ranges of temperatures,
pressures, and compositions. The model is based on the previously developed Mixed-Solvent Electrolyte (MSE) framework and
incorporates speciation and phase equilibria in CO2-rich as well as water-rich environments.

1. INTRODUCTION
The International Energy Agency (IEA)1 and the Intergovernmental Panel on Climate Change (IPCC)2 have set a
goal to reduce CO2 emissions to limit the global temperature
rise. It is foreseen that carbon capture, utilization, and storage
(CCUS) are needed to reach this goal. A key element in the
implementation of CCUS is to keep the cost as low as practically
possible. For this reason, the captured and compressed CO2
should not be encumbered with unnecessary and costly cleaning
procedures to remove accompanying species, which are called
impurities in this paper. Some of these impurities may react and
produce strong acids,3−6 which could cause severe problems in
the transportation and storage systems. It is expected that the
captured CO2 will be transported from the capture site to the
storage location as bulk cargo (on ships or trains) or in pipelines.
For pipeline transport, the material choice has a huge impact on
the cost. Corrosion-resistant alloys are expensive and can
probably be used only for short pipelines, while carbon steel is
the only economically realistic alternative for long pipelines.
Corrosion-resistant materials (which are considerably more
expensive) can probably be used at the capture site where
aggressive species are expected.
To keep the operating costs low, monitoring tools are
necessary to predict when or if the integrity of the transportation
© 2019 American Chemical Society

chain could be threatened. A lot of work has been done to
determine safe limits for speciﬁc impurities in CO2 for transport
in carbon steel pipelines, but little has been done to implement
these results into a tool that can be used to predict when
chemical reactions, corrosion, and solid formation could be
expected. Crucial in such a tool is the knowledge about
reactions, interactions, and solubility of the involved species.
Previous work by our research group4−7 has identiﬁed some of
the reactions and interactions that could occur at diﬀerent
concentrations of the expected impurities, and it was shown that
sulfuric and nitric acids could form under certain conditions.
Hoa et al.8 showed that, at low pressure, the condensation of SO2
and NO2 with water resulted in the formation of H2SO4 and
HNO3, which led to strong pitting and localized corrosion in the
presence of H2SO4, while HNO3 induced only high general
corrosion. This might be related to diﬀerent corrosion
mechanisms as both Hoa et al.8 and Morland et al.9 suggested,
but it could also be an indication of a diﬀerence in solubility.
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Figure 1. Sketch of the experimental setup: (1) CO2 expansion/buﬀer tank, (2 and 3) acid saturation autoclaves, (4) acid droplet fall-out tank, (5)
main acid scrubber, (6) magnetic stirrer, (7) conductivity probe, and (8) secondary acid scrubber.

ties, they are inherently not designed for systems involving
electrolytes and, therefore, are not suitable for corrosion-related
studies. For treating electrolyte systems, various other models
have been developed. In general, these models fall into two
categories: (1) γ−φ models, in which activity coeﬃcients (γ) are
used to reproduce the properties of aqueous solutions, whereas
an equation of state provides fugacity coeﬃcients (φ) to
represent the properties of the gas phase and (2) φ−φ models,
in which a homogeneous equation of state reproduces the
properties of both the liquid and gas phases. While most of the
existing γ−φ models for CO2 systems have been developed
primarily for calculating the solubility of CO2 in water and
various electrolyte solutions,16−22 some models have been
applied to predict the mutual solubilities of aqueous and CO2rich phases.23 The fundamentals of γ−φ models for carbon
capture and storage have been recently reviewed by Trusler.12
Also, Li et al.24,25 compared the performance of γ−φ and φ−φ
models for CCUS applications. The φ−φ models either
incorporate electrolyte-speciﬁc terms in an equation of state
that was otherwise developed for nonelectrolytes26−28 or
combine a classical equation of state with an excess Gibbs
energy model for electrolytes.29,30 A particularly notable family
of models of this kind is based on the Statistical Associating
Fluid Theory (SAFT). Applications of SAFT to CO2 systems
have been reviewed by Bui et al.13
For modeling complex electrolyte mixtures in CO2 environments, the γ−φ and φ−φ approaches have their advantages and
disadvantages. From a fundamental point of view, the φ−φ
models are more appropriate for systems that can exist in both
subcritical and supercritical states because they can reproduce
the vapor−liquid critical behavior (at least within the limitations
of classical theories). On the other hand, the γ−φ methods
impose a division of the phase space into gas-like and liquid-like
regions, which is necessary even for supercritical systems for
which there is no inherent boundary between the gas and liquid
states. However, the γ−φ methods are much more suitable when
electrolyte speciation and, more generally, chemical equilibria
need to be studied in addition to phase equilibria. This is
practically necessary whenever chemically reactive species are
dissolved in CO2 phases. For chemically reacting systems, the
φ−φ approach would be computationally impractical due to the
need to solve the equation of state in each phase while solving

However, no data exist on the solubility of these acids in dense
phase CO2. Such information is important because formation of
these acids will create a highly corrosive environment, entailing
the risk of rapid corrosion and formation of corrosion products.
On the other hand, if the acids remain dissolved in the bulk CO2
phase, they can probably follow the stream without aﬀecting the
transportation pipeline. Therefore, the threshold when the
formation of a separate, acid-rich phase occurs (i.e., when the
solubility limit is exceeded) needs to be known for a wide range
of pressures and temperatures that are relevant to CO2 transport
systems. The existing models available today are not capable of
predicting the solubility of these acids due to the lack of
experimental data. With accurate solubility data, new speciﬁcations and recommendations could be determined if the amount
of impurities and the physical properties of the system are
known.
In addition to the fundamental measurements in CO2-rich
phases, it is necessary to establish a thermodynamic model for
interpolating and extrapolating the measurements over the
whole range of conditions that are of practical interest. Most
importantly, the model needs to be inherently applicable to
multicomponent mixtures and include the behavior of other
impurities (such as NOx, SOx, H2O, H2S, and O2). Furthermore,
it needs to be capable of simulating reactions between the
impurity species within both the H2O-rich and CO2-rich phases.
Such requirements for thermodynamic modeling are unique to
CO2 transportation systems and have not been previously
considered in chemical process industries.
Over the past two decades, a tremendous amount of work has
been devoted to the development of thermodynamic models for
CO2 systems. These models have been recently reviewed by
Span et al.,10 Munkejord et al.,11 Trusler,12 and Bui et al.13 For
the prediction of phase equilibria and other thermodynamic
properties of CO2 and its mixtures with impurities such as N2,
O2, H2, or CO, extremely accurate multiparameter equations of
state are available. Notably, the well-known GERG model14 is
accurate for CO2 and various components other than water. A
more recent multiparameter equation of state, EOS-CG,15 was
designed speciﬁcally for carbon capture and storage and can be
used for systems that include water.
Although these models oﬀer the highest accuracy of
calculation of volumetric properties and other derived proper22925
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accidental back-ﬂow. Then the CO2 was led into the ﬁrst acid
saturation cell (2), which consisted of a glass tube inside a SS316
autoclave, where glass wool was used as restriction in the glass
tube to ensure the longest possible contact time between the
dense phase CO2 and the acid. After the second acid saturation
cell (3), the CO2 passed through the acid droplet fall-out tank
(4) which also was ﬁlled with glass wool to prevent the entrained
acid droplets from moving further and to ensure that only CO2
with dissolved acid went to the main acid scrubber (5). The
water level in the main acid scrubber was about 85% full, and a
magnetic stirrer (6) was used to achieve good mixing of CO2 and
water. A second acid scrubber (8) captured the remains of the
acid in the CO2. The CO2 was ﬁnally vented out after
depressurisation with a heated pressure regulator. To ensure
an even uptake of acid in the acid scrubber during the
experiment, a conductivity probe (7) was used for monitoring.
This was designed to eliminate experiments with unwanted acid
carry over. Experiments with a sudden change in conductivity
was discarded.
Using both a mass ﬂow controller and weight control of the
CO2 source gave a good control of the total mass of CO2 that
had passed through the system. A deviation between these two
numbers would indicate experimental artifacts such as leakage.
The acid solubility was calculated as the total amount of
sulfate/nitrate (mol) found in both acid scrubbers divided by
the total amount (kg) of CO2 passing through the system

phase equilibrium conditions and ensuring the chemical
equilibrium constraints in both the water-rich and CO2-rich
phases.
To study the formation of corrosive species in CO 2
transportation, it is essential to have a thermodynamic model
that predicts both phase and chemical equilibria not only in the
water-rich phase but also in the CO2-rich phase. This
requirement is satisﬁed by the previously developed MixedSolvent Electrolyte (MSE) model,31,32 which has been designed
in the γ−φ framework for the simultaneous calculation of phase
and chemical equilibria in systems containing strong and weak
electrolytes in aqueous, nonaqueous, and mixed solvents. This
model has been found to be accurate for CO2−H2O−salt
systems, for which it predicts pH as a manifestation of acid−base
equilibria33 as well as the compositions of both the aqueous and
CO2-rich phases.32 Also, the model reproduces both the
speciation and vapor−liquid equilibria of strong acids at
concentrations ranging from inﬁnite dilution in water to pure
acids and even to pure acid anhydrides (e.g., SO3 in the case of
H2SO4).34 Thus, the MSE model provides a suitable foundation
for studying the behavior of acids in CO2 environments.
To create a foundation for understanding and predicting the
behavior of corrosive acids in CO2 transportation systems, this
study combines solubility measurements and thermodynamic
modeling. For this purpose, experimental testing is carried out to
determine the individual solubility of nitric and sulfuric acids in
both liquid and supercritical CO2 (i.e., in the dense phase). The
examined temperatures are 25 and 48 °C with pressure ranging
from 80 to 170 bar. Then, the solubilities are used to parametrize
the MSE model for predicting the properties of acid−CO2
mixtures.

Csolu =

Table 1. Experimental Matrixa
Sulfuric acid

Temperature
Pressure (bar)
80
100
120
170

25 °C
X

50 °C
X
X
X
X

Temperature
25 °C
X

mCO2 × MWAcid

(1)

where Csolu is the solubility in mmol/kg, CAcid,w is the measured
concentration of anions in the water scrubbers as mg/kg, mw is
the mass of water in the scrubbers in kg, MWAcid is the molecular
weight of the acid, and mCO2 is the mass of CO2 passing through
the acid setup in kg.
The acid setup was placed inside a cabinet with temperature
control. The pressure was controlled with nitrogen back
pressure, which could be adjusted between 50 to 200 bar with
a pressure controller that had an accuracy of ±0.1 bar. Before the
experiments were started, the water in the acid scrubber was
saturated with pure CO2 (99.999%) to ensure constant ﬂow of
CO2 when the experiment was started.
The mass ﬂow controller was mounted after the heated gas
regulator just before the venting stage and kept constant ﬂow.
The retention time through the acid uptake process was about 3
h, slightly depending on pressure and temperature. The acid
scrubber retention time was between 8 to 12 h.
The water (osmotic) in the acid scrubbers was changed
between every experiment, and the sulfate and nitrate contents
in the water were analyzed with ion chromatography (IC). The
scrubber was washed with osmotic water by ﬁlling its volume at
least 10 times before each experiment.
It was not necessary to change the acid between all
experiments; the nitric acid was changed every 10th time,
while the sulfuric acid was used up to 50 times (since its
solubility was so much lower). Normally, 200 to 1200 g of CO2
were used for each experiment. A summary of the experimental
parameters is shown in Table 1.
2.2. Modeling. The Mixed-Solvent Electrolyte (MSE)
thermodynamic framework was derived by Wang et al.31,34
and further extended by Springer et al.32 to CO2-containing
systems in wide ranges of pressure and temperature. A brief
summary of the model and the parameters that need to be

2. MATERIALS AND METHODS
2.1. Experimental Section. The acid solubility was
determined by ﬁrst saturating the CO2 phase with acid, followed

Nitric acid

CAcid,w × m w

50 °C
X
X
X
X

a

The acids used were HNO3 69% P.A. (1.01799.1000, MERCK) and
H2SO4 95%−97% P.A. (1.00731.1000).

by capturing the acid in water scrubbers, as schematically
illustrated in Figure 1. The green arrows indicate the ﬂow
direction of CO2. After a controlled amount of CO2 had been fed
through the system, the water from the scrubbers was analyzed
for sulfate (in the case of sulfuric acid) and nitrate (in the case of
nitric acid).
A mass ﬂow controller was used to give a constant CO2 ﬂow.
The CO2 reservoir (autoclave) was placed on a scale to conﬁrm
the total amount of CO2 as weight change. The CO2 reservoir
was a single piston cylinder with nitrogen back pressure, which
also set the pressure for the whole system.
The CO2 entered ﬁrst an expansion tank (1), which worked as
a pressure buﬀer and a safety reservoir to prevent the acid from
getting pushed into the CO2 source reservoir in case of
22926
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Pitzer’s formulation of the Debye−Hückel model35 and does not
require adjustable parameters. The Gex
II contribution is expressed
as a function of composition as

evaluated in order to reproduce the behavior of acids in CO2 is
given in the following paragraphs.
To model CO2 systems that may be in equilibrium with
additional phases (such as concentrated acid phases), it is
necessary to consider speciation reactions in the liquid phase.
The fundamental reactions for CO2 are given by
CO2 + 2H 2O = H3O+ + HCO3−

(2)

HCO3− + H 2O = H3O+ + CO32 −

(3)

ji
zy
G IIex
= −jjjj∑ ni zzzz ∑ ∑ xixjBij (Ix)
j i z i j
RT
k
{

where Bij(Ix) = Bji(Ix), Bii = Bjj = 0, and the ionic strength
dependence of Bij is given by
Bij (Ix) = bij + cij exp( − Ix + a1 )

and are accompanied by the self-dissociation of water, i.e.,
+

2H 2O = H3O + OH

−

In eq 15, a1 has a ﬁxed value, and bij and cij are binary
interaction parameters, which are obtained by regressing
experimental data. The parameters bij and cij depend, in general,
on temperature and pressure. The functional form of this
dependence varies for particular chemical systems. The shortrange interaction contribution is calculated from the UNIQUAC equation36

The acids also undergo acid−base reactions. In the case of
sulfuric acid, the reactions are
(5)

HSO4 − + H 2O = SO4 2 − + H3O+

(6)

H 2SO4 = H 2O + SO3

(7)

ex
GSR
RT

ÅÄ
φ
ji
zyÅÅÅ
Z
= jjjj∑ nizzzzÅÅÅÅ∑ xi ln i +
j
zÅÅ
xi
2
k i {ÅÇ i

Similar acid−base reactions are considered for nitric acid:
HNO3 + H 2O = NO3− + H3O+

(8)

2HNO3 = H 2O + N2O5

(9)

The fractions θi and φi and the energetic parameters τi are
deﬁned as
qixi
θi =
∑j qjxj
(17)

(10)

where Ai denotes any species that may exist in both the liquid
and gas phases, and the superscripts L and G identify the liquid
and gas phases, respectively. As the pressure increases, vapor−
liquid equilibria may transition into liquid−liquid equilibria.
Thus, liquid−liquid equilibria are also considered, i.e.,
AiL1 = AiL2

φi =

ln xiγi x , ∗(T , P , x)

(11)

(18)

(19)

where qi and ri are the surface and size parameters, respectively,
Z is a ﬁxed coordination number, and aij (aij ≠ aji) are binary
interaction parameters for neutral molecules. As with the bij and
cij parameters, the parameters aij may depend on temperature
and pressure for particular chemical systems.
The activity coeﬃcients are calculated from eq 13 by
diﬀerentiation with respect to the number of moles using
standard thermodynamics and are further used in eq 12.
The chemical potential of species i in the gas phase is given by
the standard relation

1000
+ RT
M H 2O
(12)

μiG = μiG,0 (T ) + RT ln

where μL,0,m
(T, P) is the molality-based standard-state chemical
i
potential, xi is the mole fraction, γx,i *(T, P, x) is the mole
fraction-based activity coeﬃcient, and MH2O is the molecular
weight of water. The standard-state chemical potential is
calculated as a function of temperature and pressure as described
in previous studies.31,32 The activity coeﬃcients in eq 12 are
obtained from an excess Gibbs energy formulation, which
comprises three contributions
ex
ex
Gex = G LR
+ G IIex + GSR

rx
i i
∑j rjxj

i aji yz
zz
τji = expjjj−
k RT {

where the superscripts L1 and L2 identify two coexisting liquid
phases.
Phase equilibria and chemical speciation equilibria between
aqueous species are calculated using the chemical potential as
described earlier.32 The chemical potential of a species i in a
liquid phase is calculated as
μi L = μi L,0, m (T , P) + RT ln

ÄÅ
ÉÑ
Å
Ñ
ÑÉ
jij
zyzÑÑÑÑ
zyzÅÅÅÅ
θi ÑÑÑÑ jij
j
z
j
z
∑ qixi ln ÑÑÑÑ − jjj∑ nizzzÅÅÅÅ∑ qixi lnjjjj∑ θτj ijzzzzÑÑÑÑ
φi ÑÑ
Ñ
i
Ö k i {ÅÅÅÇ i
k j
{ÑÑÖ

(16)

In addition to chemical speciation equilibria, the model
includes vapor−liquid equilibria for all neutral species that may
partition between vapor and liquid phases, i.e.,
AiL = AiG

(15)

32

(4)

H 2SO4 + H 2O = HSO4 − + H3O+

(14)

Pyi ϕi(T , P)
P0

(20)

where μG,0
i (T) is the chemical potential of pure component i in
the ideal gas state, yi is the mole fraction in the gas phase, ϕi(T,
P) is the fugacity coeﬃcient, P is the total pressure, and P0 = 1
atm. The μG,0
i (T) term is calculated from pure-component
thermochemical properties,32 and the fugacity coeﬃcient is
obtained from the Soave−Redlich−Kwong (SRK) equation of
state,37 in which the parameters a and b are calculated using the
classical quadratic mixing rules, i.e.,

(13)

ex
GLR

where
deﬁnes long-range electrostatic interactions, GIIex
represents ion−ion and ion−molecule interactions, and Gex
SR is
a short-range interaction term. The Gex
LR term is obtained from

a=

∑ ∑ xixj(aiaj)1/2 (1 − kij)
i

22927
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b=

∑ xibi

Table 3. Measured Solubility of Nitric Acid (Average Values)
in Dense Phase CO2

(22)

i

where the pure-component parameters ai and bi are calculated
using the critical properties,37 and the binary parameter kij may
be regressed based on experimental data.
The expressions for the chemical potentials of species in the
liquid and gas phases (eqs 12 and 20) are coupled with material
balance and electroneutrality constraints and used for the
simultaneous calculation of phase and chemical equilibria.38,39

Nitric acid solubility in dense phase CO2

3. RESULTS
The results are reported as ppm/ppb mole and mmol/kg. For
analyzing the correlation between solubility and density, the

Avg.
temp.
(°C)

Avg.
pressure
(bar)

Avg.
(mmol/kg)

24.1
53.1
53.1
47.9
48.2
48.1

98.6
81.3
101.3
99.3
119.2
169.1

49
19
12
14
28
51

SD
Avg.
(mmol/kg) (ppm mole)
8
4
1
1
1
6

SD
(ppm mole)

2150
830
520
600
1250
2230

340
170
60
20
60
250

Figure 3. Measured solubility of sulfuric acid in dense phase CO2
plotted as a function of pressure.

Figure 2. Solubility of nitric acid in dense phase CO2 plotted as a
function of pressure.

3.1. Measured Acid Solubilities. The results of nitric acid
solubility measurements are summarized in Figure 2 and Table
2. The average temperature, pressure, and solubility values are
shown in Table 3.

density of the CO2 bulk phase was calculated from the NIST
chemistry WebBook, SRD 69,40 and it was assumed that the
presence of acid (up to some 1000 ppm mole) did not aﬀect the
bulk density.
Table 2. Solubility of Nitric Acid in Dense Phase CO2

measured NO3−

CO2
3

HNO3 solubility

Exp no.

Temp. (°C)

Pressure (bar)

mass (g)

density (kg/m )

(mg)

(mmole)

(ppm mole)

(mmol/kg)

1
2
3
4

23.4
25.1
23.8
24.2

96.4
98.8
98.4
100.7

845
715
590
885

825
815
825
825

2942.9
2467.3
1683.9
2057.4

47.45
39.80
27.16
33.18

2471
2449
2025
1650

56.15
55.66
46.03
37.5

5
6
7
8

52.5
53
53.9
53

81.3
81.3
81.3
81.2

210
310
195
335

217
216
213
215

247.1
476.8
178.5
343.1

3.97
7.69
2.88
5.54

835
1092
650
727

18.98
24.81
14.77
16.52

9
10
11

53
52.7
53.5

101.3
101.3
101.2

210
460
235

357
360
350

158.4
283.4
190.3

2.56
4.57
3.07

536
437
575

12.17
9.94
13.06

12
13

47.8
47.9

99.1
99.4

425
583

413
415

370.2
469.4

6.0
7.57

618
572

14.05
13.0

14
15
16

47.9
48.2
48.6

119.2
119.2
119.1

445
480
688

614
608
601

818.4
793.9
1222.8

13.2
12.8
19.72

1305
1174
1262

29.66
26.68
28.69

17
18
19

48.3
48.1
48

169.1
168.5
169.6

330
435
415

751
752
753

1189.1
1346.6
1139.9

19.18
21.72
18.39

2557
2197
1949

58.12
49.93
44.3

22928
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Table 4. Solubility of Sulfuric Acid in Dense Phase CO2
Measured SO42−

CO2
3

H2SO4 solubility

Exp no.

Temp. (°C)

Pressure (bar)

mass (g)

Density (kg/m )

mg

mmole

ppb mole

mmol/kg

20
21
22

25.4
24.4
25.3

93.8
94
96.1

1020
1000
790

803
813
808

4.5946
4.9446
4.4869

0.0469
0.0505
0.0458

2022
2220
2550

0.04596
0.05045
0.05796

23
24
25
26
27

47.1
46.2
46.3
46.6
46.4

77.8
77.8
78.1
77.8
77.8

410
900
900
845
1150

218
221
223
220
220

0.095375
0.080665
0.045187
0.068985
0.20951

0.000973
0.000823
0.000461
0.000704
0.002138

108
43
25.8
40
84

0.00246
0.00098
0.00059
0.00091
0.0019

28
29
30
31

46.7
46.9
47.6
47.5

98.2
98.5
98.4
98.6

835
815
890
840

425
424
407
412

1.503508
1.887671
2.20252
2.619496

0.015342
0.019262
0.022475
0.02673

907
1163
1179
1456

0.02061
0.02643
0.02679
0.03309

32
33
34
35

48.2
48.1
48.3
46.9

118.4
118.5
118.8
118.5

815
885
810
885

609
611
610
624

3.7428
5.7958
4.6578
4.1032

0.03819
0.05915
0.04753
0.04187

2062
2941
2582
2082

0.04686
0.06684
0.05868
0.04731

36
37
38
39

48.2
48.6
48.3
48.5

168.8
168.4
168.8
168.8

865
405
720
980

753
750
753
751

15.133
6.5201
12.714
17.04

0.15441
0.06653
0.12974
0.17387

7855
7228
7928
7807

0.17851
0.16428
0.18019
0.17742

Table 5. Measured Solubility of Sulfuric Acid (Average
Numbers) in Dense Phase CO2

Table 8. Parameters of MSE Thermodynamic Model (cf. eqs
15, 19, and 21) for H2SO4−CO2 Mixture

Sulfuric acid solubility in dense phase CO2
Avg.
temp.
(°C)

Avg.
pressure
(bar)

25.0
46.5
47.2
47.9
48.4

94.6
77.9
98.4
118.6
168.7

Avg.
SD
(mmol/kg) (mmol/kg)
0.052
0.0014
0.027
0.055
0.175

0.005
0.0007
0.004
0.008
0.006

Species pair

Parameter

Value

CO2/SO42−

bij
cij
aij

45.6627
−50.3291
21,875−6.25333 P

CO2/HSO4−

bij
cij
aij

6.35072
−14.6636
21,875−6.25333 P

CO2 /H2SO40

bij
cij
aij
kij

−0.578787
0.312649
21,875−6.25333 P
0.16168

Avg.
SD
(ppb mole) (ppb mole)
2260
60
1180
2400
7700

220
30
200
370
280

Table 6. Literature Data Sources for CO2−H2SO4−H2O
Mixtures
Temp.
(°C)

Pressure
(atm.)

H2SO4
(mole fraction)

ref

17
15, 25
20
25
15−75

1
1
1
1
1

0−1
0−0.17
0−0.8
0−1
0−0.5

Setschenow (1879)41
Geﬀcken (1904)42
Christoﬀ (1906)43
Markham and Kobe (1941)44
Shchennikova et al. (1957)45

Table 9. Parameters of MSE Model (cf. eqs 15, 19, and 21) for
HNO3−CO2 Mixture

Table 7. Literature Data Sources for CO2−HNO3−H2O
Mixtures
Temp.
(°C)

Pressure
(atm.)

HNO3
(mole fraction)

ref

15, 25
25

1
1

0−0.05
0−0.03

Geﬀcken (1904)42
Onda et al. (1970)46

Species pair

Parameter

Value

CO2/NO3−

bij
aij

2.05954
30,000 + (−73.4589 + 0.199313 T) P

CO2/HNO30

aij
kij

10,155 + (−73.4589 + 0.199313 T) P
0.304953

summarized in Figure 3 and Table 4. The average values of
temperature, pressure, and solubility are shown in Table 5.
3.2. Modeling. To obtain a comprehensive thermodynamic
model for acids in CO2, it is necessary to reproduce not only the
acid solubilities measured in this study, but also the solubilities
of CO2 in aqueous acid solutions. This is important to be able to
model the phase assemblages in CO2 transportation, in which
droplets of acids exist within CO2 environments. Furthermore,

The results of the sulfuric acid solubility measurements in
dense phase CO2 as a function of temperature and pressure are
22929

DOI: 10.1021/acs.iecr.9b04957
Ind. Eng. Chem. Res. 2019, 58, 22924−22933

Article

Industrial & Engineering Chemistry Research

10−3 mm Hg (∼1.3 ppm mole) and 10−2 mm Hg (∼13 ppm
mole) at 25 and 50 °C, respectively. Sproesser and Taylor49
reported vapor pressures for nitric acid of 6.2 (∼8200 ppm
mole) and 13.7 (∼18,300 ppm mole) mm Hg at 35 and 50 °C,
respectively. Thus, the vapor pressure of nitric acid in air is about
3 orders of magnitude higher than that of sulfuric acid. Although
these vapor pressures were obtained at ambient total pressures in
air, the ratios are in good agreement with our ﬁndings.
For the same temperature, the sulfuric acid solubility was
increasing with increasing pressure (Figure 3). At 78 bar, the
solubility was very low (60 ± 30 ppb mole) but increased to
1000−2500 ppb mole when the pressure was increased to 95 bar
or more. This large solubility increase caused by a relatively
small pressure increase is believed to be related to the CO2 phase
changing from a vapor-like to a signiﬁcantly denser, liquid-like
supercritical state.
Nitric acid showed essentially the same trend as sulfuric acid
with increasing solubility with increasing pressure (Figure 2) but
with higher solubility around 80 bar and a shallow minimum
around 100 bar. This can also be observed when the solubility is
plotted as a function of CO2 density (Figure 4), with a drop
around 360 kg/m3. The reason for this is not known, but it could
possibly be related to property changes of the supercritical CO2
when the pressure changes.
Figure 5 shows a comparison of diﬀerent thermodynamic
properties for CO2 (at 25 and 48 °C). At 48 °C, the density
increases gradually with increasing pressure, while the heat
capacity (Cp) has a maximum at 100 bar and declines below and
above this pressure. This shows that CO2 can display some
diﬀerence in properties at 100 bara and 48 °C, which ﬁts well
with the ﬁndings.
This might indicate that the transition between gas-like and
liquid-like supercritical CO2 above the critical point is not
straightforward. Instead, there is a gradual change around 100
bara at 48 °C. This was not observed in the sulfuric acid
experiment, but instead the lowest value was found around 80
bara. Since the solubility of sulfuric acid is much lower than the
solubility of nitric acid, it could be expected that the presence of
nitric acid would aﬀect the CO2 properties more than that of
sulfuric acid.
The standard deviation (SD) is high for some of the data
series, and this reﬂect the diﬃculties in measuring the solubility
of acid at high CO2 pressure. The lowest measured value of
sulfuric acid, 60 ppb mole at 79 bara and 47 °C, had the highest

the simultaneous treatment of the acids in CO2-rich phases as
well as of CO2 in acid (or water)-rich phases is necessary to
obtain well-constrained and meaningful parameters of the
thermodynamic model (cf. Section 2.1). Therefore, the available
experimental data have been assembled from the literature for
CO2 solubility in aqueous acid solutions. These data are
summarized in Tables 6 and 7 for H2SO4 and HNO3 solutions,
respectively.
The parameters of the MSE thermodynamic model have been
obtained by jointly regressing the acid solubilities reported in
this study and the CO2 solubilities reported in the literature. For
this purpose, the procedures described in previous studies32,47
were used. The obtained interaction parameters between carbon
dioxide and the relevant acid species are listed in Tables 8 and 9
for the H2SO4−CO2 and HNO−CO2 systems, respectively.

4. DISCUSSION
4.1. Experimental Results. The results showed that the
acid solubility was, in general, much higher for nitric acid than

Figure 4. Comparison of sulfuric acid (round) and nitric acid (cross)
solubility as a function of CO2 density at 48 °C. The values are average
numbers with standard deviation error bars. The markers in blue were
measured at 25 °C.

for sulfuric acid, with a diﬀerence of about 3 orders of
magnitude, as shown in Figure 4. There are no data available
in the literature for acid solubility in dense phase CO2 to
compare with, but the vapor pressures of pure nitric acid and
sulfuric acids have been measured in air. Gmitro and
Vermeulen48 reported the vapor pressure of sulfuric acid to be

Figure 5. Thermophysical properties for CO2 at 48 °C as a function of pressure, calculated using the NIST Chemistry WebBook, SRD 69.40 The
vertical rectangles indicate the pressures at which the solubility was measured.
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Figure 6. Comparison of calculated and experimental solubilities of sulfuric acid (solid lines, solid symbols) and nitric acid (dashed lines, hollow
symbols) in CO2. The lines show the MSE model calculations, whereas the symbols denote the experimental data.

strong increase in solubility with pressure, i.e., by about 2 orders
of magnitude from ∼78 to ∼170 bar. This is associated with a
strong increase in the solvation of the acid as pressure increases,
which solubilizes the relatively nonvolatile solute.
In the case of nitric acid (cf. dashed lines in Figure 6), the
solubility pattern is qualitatively similar, but the solubility values
are much higher. Nitric acid is much more volatile, and
therefore, the mole fraction of nitric acid in the gas phase is ∼4
orders of magnitude higher than that of sulfuric acid. As with
H2SO4, the HNO3 concentration shows an abrupt increase at 25
°C and ∼65 bar, but this increase is not as strong as in the case of
H2SO4 (i.e., by about 1 order of magnitude compared to 2 orders
of magnitude for H2SO4). Since HNO3 is much more volatile in
the gas phase, the eﬀect of increasing pressure (and at the same
time increasing solvation) is not as strong as in the case of
H2SO4. This is especially evident at 50 °C, where the pressure
eﬀect on solubility is much weaker for HNO3. It is noteworthy
that the predicted solubility isotherms show a crossover as a
function of pressure. This seemingly counterintuitive behavior is
not uncommon as it has been experimentally veriﬁed for the
solubility of water in CO2.32 This pattern is due to the transition
from the solubility in the gas phase to that in the liquid phase (or
liquid-like supercritical phase).
4.3. Practical Signiﬁcance. Crossing solubility lines could
have important practical consequences for long CO2 transport
pipelines. It has been experimentally demonstrated that sulfuric
and nitric acids may form in certain CO2 blends as a result of
chemical reactions between certain impurities. If these acids
precipitate, they will form a separate liquid phase. The acids are
known to be hygroscopic and could therefore absorb water from
the CO2 bulk phase and create a highly acidic, concentrated
aqueous phase that is corrosive to carbon steel. Such a phase
could pose a major integrity risk for the transportation system.
However, if the acids that form remain dissolved in the CO2,
they can probably follow the CO2 stream without aﬀecting the
transportation system. Limited amounts of acids, for example,
formed during short upset conditions, could probably be
removed later by dissolution (“drying out”) in the CO2 stream.
If the acid solubility is reduced along the ﬂow direction, for
example, due to temperature or pressure changes, acids could
precipitate at certain locations and cause corrosion, followed by
the formation of solid corrosion products. Such a scenario is
likely because it is usually expected that both the temperature

SD. The complexity in the experimental setup makes it hard to
predict an exact lower detection limit (LOD) for the system, but
it is reasonable to assume that the lowest number are close to the
LOD. This naturally aﬀects their scattering. Even the scattered
data are useful for validating the model, and in fact, the predicted
lines go through some of the points in the region of high
uncertainty (Figure 6).
4.2. Modeling vs Experimental Data. The results of
calculations for the H2SO4−CO2 and HNO3−CO2 systems are
shown in Figure 6. The model represents the data with an
accuracy that is close to the experimental scattering. It is evident
that the pressure dependence of the solubility is quite complex.
For both sulfuric acid (solid lines) and nitric acid (dashed lines)
at 25 °C, an abrupt increase in solubility is observed at ∼65 bar.
This is due to a transition between a gas-phase CO 2
environment below ∼65 bar and a liquid-phase environment
above this pressure. However, the solubility values are very
diﬀerent for both acids. Below ∼65 bar, the mole fraction of
H2SO4 is very low, i.e., of the order of 10−9 to 10−8. At ∼65 bar,
the solubility increases by about 2 orders of magnitude. This
behavior is related to the low volatility of sulfuric acid. In the gas
phase, the solvation of sulfuric acid is very weak, and therefore,
the low volatility prevents the acid from being dissolved to a
substantial degree. In the liquid-phase environment, the
solvation of H2SO4 is appreciably higher and results in a higher
solubility. It should be noted that an abrupt increase in solubility
with pressure is well known for other solutes in subcritical CO2.
In particular, the solubility of water in subcritical CO2 shows a
similar increase, which has been veriﬁed in multiple
experimental studies (cf. Springer et al.32 and references cited
therein). The solubility pattern is quite diﬀerent at ∼50 °C, at
which temperature CO2 is a supercritical ﬂuid. In this case, a
much more gradual increase in solubility is observed for sulfuric
acid because an increase in pressure is associated with a gradual
transition from a vapor-like to a liquid-like solvent. The
predictions show a small but noticeable transition at ∼118
bar, which is due to the fact that the model was constructed in
the γ−φ framework and uses diﬀerent mathematical formulations for the gas and liquid phases (cf. Section 2.1). In the liquidlike region at pressures above ∼118 bar, the pressure
dependence of the solubility of H2SO4 is much weaker and is
similar to the pressure dependence observed at 25 °C in the
liquid region. An interesting feature of the 50 °C isotherm is the
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and pressure will be reduced in the ﬂow direction. Even if the
amount of the acid phase is minute compared to the amount of
the CO2 phase, the acid phase is expected to readily drop out and
accumulate on the metal surface due to the large diﬀerence
between the densities of the acids and the CO2 phase.
As shown in Figure 6, the solubility generally increases as the
temperature is reduced at suﬃciently high pressures (for both
acids), so the temperature eﬀect is probably not of too great
concern. There is, however, some reduction of the sulfuric acid
solubility when going from 50 to 25 °C at pressures in excess of
120 bar (Figure 6). For both acids, there is an abrupt solubility
decrease when the pressure crosses a certain threshold that is
associated with a change of phase state. Even if there is some
spread in the results of the present work, it has been clearly
demonstrated that for an acid-saturated CO2 stream, precipitation could occur within the operational pressures that are
expected for transport pipelines. This eﬀect is probably of most
signiﬁcance for sulfuric acid because its solubility is so low, and
the change with pressure is very high. The results of the present
work could be used to predict if or where precipitation of acids
could occur.
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5. CONCLUSIONS

■

• To understand the potentially corrosive behavior of
strong acids that may form in CO2 transportation systems,
the solubility of nitric acid and sulfuric acid in CO2 was
measured experimentally for diﬀerent pressures (80−170
bar) and temperatures (25 and 48 °C).
• The solubilities varied with temperature and pressure, but
in general, nitric acid is about 3 orders of magnitude more
soluble than sulfuric acid.
• The experimentally measured solubilities have been used
to parametrize a thermodynamic model that could be
used to predict acid solubilities at conditions that go
beyond the experimental conditions. Furthermore, it is
expected that the model will be applicable to complex
mixtures containing multiple impurities dissolved in CO2.
• The experimental and modeling results indicated that
both sulfuric acid and nitric acid dropout could occur
within expected operational conditions for CO2 transport
pipelines.
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